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A mathematical model for a three phase fluidized bed bioreactor (TFBBR) was proposed to
describe oxygen utilization rate, biomass concentration and the removal efficiency of
Chemical Oxygen Demand (COD} in wastewater treatment. The model consisted of the
biofilm mode] to describe the oxygen uptake rate and the hydraulic model to describe flow
characteristics to cause the oxygen distribution in the reactor. The biofilm model repre-
sented the oxygen uptake rate by individual bioparticle and the hydrodynamics of fluids
presented an axial dispersion flow with back mixing in the liquid phase and a plug flow in
the gas phase. The difference of settling velocity along the column height due to the
distributions of size and number of bioparticle was considered. The proposed model was
able to predict the biomass concentration and the dissolved oxygen concentration along the
column height. The removal efficiency of COD was calculated based on the oxygen con-
sumption amounts that were ohtained from the dissolved oxygen concentration. The
predicted oxygen concentration by the proposed model agreed reasonably well with
experimental measurement in a TFBER. The effects of various operating parameters on the
oxygen concentration were simulated based on the proposed model. The media size and
media density affected the performance of a TFBBR. The dissolved oxygen concentration
was significantly affected by the superficial liquid velocity but the removal efficiency of
COD was significantly affected by the superficial gas velocity.
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INTRODUCTION

In both wastewater treatment and fermentation pro-
cess, a fluidized bed biofilm reactor (FBBR) has been
demonstrated to outperform other reactor configura-
tions such as the activated sludge system and packed
bed bioreactor [1,2]. The wastewater flows upward
through a bed at the sufficient velocity to fluidize the
biofilm covered media in a FBBR. This bioreactor has
many advantages such as large available surface area
for the cell growth per unit volume of the reactor,
relatively small head loss, no clogging, and easiness of
carrier removal. [3-5].

However, it has been known that carbonaceous and
nitrogenous oxidation in preoxigenated two-phase
fluidized bed biofilm reactor is limited by oxygen trans-
fer in wastewater treatment. This phenomenon leads
to decrease of the height of an efficient column (HEC)
due to the oxygen depletion in upper part of a fluidized
bed [3]. A three phase fluidized bed bioreactor (TFBBR)
has been used to overcome this disadvantage [1,2].
Since a TFBBR allows continuous treatment with the
relatively low pressure drop and the high removal
efficiency of Chemical Oxygen Demand (COD), a
TFBBR has heen applied in the biological wastewater
treatment processes.

To provide a rational criteria for design and operation
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of a TFBBR in wastewater treatment, a mathematical
mode] to describe the oxygen utilization in a TFBBR
should be developed since the model can identify
important system variables and serve a basis for
system optimization. However mathematical model to
describe the oxygen utilization for a TFBBR in waste-
water treatment has not been well developed [1-7].
Especially oxygen concentration profile along the bed
height is very important biomass concentration, COD
removal efficiency and HEC can be presented. Since
the principal advantage of a TFBBR is the reduction in
reactor size caused by the high hiomass concentration,
an understanding of the factors that affect the hiomass
concentration is important to analyze a TFBBR [8].
Thus the mathematical model to describe the oxygen
concentration and biomass concentration should be
developed to evaluate the performance of a TFBER.
In this paper, the mathematical model for a TFBBR in
wastewater treatment process is proposed to describe
the oxygen concentration distribution. The model
consists of the biofilm medel that describes the oxygen
uptake rate and the hydraulic model that presents
characteristics of liquid and gas phase. The propoesed
maodel is able to prediet the biomass concentration and
oxygen concentration profile along the bed height. The
validation of the model is done in comparison with the
experimental data and various parameters affecting
the performance of a TFBBR are estimated using the
model. The removal efficiency of COI is also evaluated
based on biomass concentration and dissolved oxygen
concentration profile by the simulation.
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MODEL

A TFBER is considered to be operated at the steady
state condition, in which spherical media of uniform
size is covered with biofilm of different thickness. The
mathematical model for a TFBBR includes the following
elements like a conventional two phase FBBR (5]; (1) a
biofilm model to represent the oxygen uptake rate by
individual bioparticles, (2) a hydraulic model to repre-
sent the flow characteristics in the bed, (3) an overall
bioreactor model to consist of the biofilm model and
hydraulic models to yield oxygen concentration and
biomass concentration as a funetion of the axial position
in a TFBBR.

The biomass concentration and the degree of bed
expansion are calculated using the hydraulic model at
given operating conditions and design paramesters.
Simultaneously the information generated from the
hydraulic model is applied to the biofilm model to
calculate oxygen uptake rates. An effectiveness factor
that expresses mass transfer resistance is calculated
in the biofilm model.

Biofilm Model

Oxygen transfer and uptake in the TFBBR can he
described by the following steps [10]; (1) transport of
oxygen from the bulk gas to the bubhble interface, {2}
transport of oxygen from the bubble interface to the
bulk liquid phase, (3) transport of oxygen from the
bulk liquid phase to the biofilm interface, (4) transport
of oxygen within the biofilm, {5) oxygen uptake within
the biofilm.

Mass transfer resistance in gas phase, step (1), is
negligible compared to those in other steps [10].
External mass transfer resistance in liquid phase, step
(3), 1s a function of Reynolds number of liquid flow.
Reynolds number is large enough to neglect the
resigtance in step (3) because relative velocity is high
to fluidize the bioparticle. The experimental results
showed that the negligence of the external mass
transfer resistance in step (3) can be reasonably negli-
gible [7]. The diffusion of oxygen within the biofilm
lead that the oxygen partially penetrates into the
biofilm. Step (4) and Step (5) take place simultane-
ously and be modeled from the characteristics of the
biofilm. In step (5), the oxygen uptake rate can be
described by the Monod kinetics.

#mC
"o, = T, ko, 1 C) 7 L)
where mm is maximum specific growth rate; kog is
saturation constant of oxygen; oue is the hiofilm dry
density; C is the oxygen concentration; Yogis a yield of
biomass upon oxygen. Since the oxygen concentration
in the hiofilm is greater than 1 ppm and the values of
kos are 0.032~0.53 ppm [10], the reaction rate follows
the intrinsic zero order kinetics.

Hm
To, = Y. Pra = Ko Opa (2)

where &, is the intrinsic zero-order rate constant.
The hiofilm kinetics for oxygen utilization is derived

based on the model proposed by Shieh [11]. The Shieh's

model can be applied to oxygen utilization though its
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Fig. 1. Schematic diagram of bioparticle, ry, radius of bio-
particle; ry, radius of media; ¥, radial distance at which the
oxygen concentration ceases.

model is proposed for the nutrient utilization. The
physical system and the associated notations are
depicted in Fig. 1. At steady state condition the
continuity equation of oxygen in the biofilm is

Dec d Zi o o
1’2 dar (r dr ) =T, = Ondkq (3)

The associated boundary conditions are

C=C1 at I‘=rp (4}
-%(_1;-=0' C=0, at r=r1,—7, ([]Syirp—rm) 5

where Ds. 15 the effective diffusivity of oxygen in the
biofilm and G is the dissolved oxygen concentration,
The penetration depth, 7, is used to present that
oxygen penetrates partially into the biofilm, which is
due to internal mass transfer resistance. The following
equation is obtained by integration of Fgq. 3 with
boundary conditions, Eqgs. 4 and 5 [11].

_ 3
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For intrinsic zero order reaction, effectiveness factor
can be presented as the ratio of biofilm volume which
substrate can penetrate to total biofilm volume. Thus
effectiveness factor 7, is, therefore, presented as the
following equation [11,12],

i
1—( rD—f) 04500
o= ;D 2 — 3-012{Iobd{fn!?cc)3 I'n C(]).45 (7)
3] (52)
Thus the oxygen uptake rate per unit volume of the
reactor, Ry, is presented as

Ry =17k, % (8)

Herein, biomass concentration, y can be expressed as
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where g is the bed porosity. In order to calculate
biomass concentration, the bed porosity should be
obtained. Bed porosity in a TFBBR is a function of gas
and liquid velocities and other physical parameters at
given operating conditions. To express the bed poro-
sity, various experimental and theoretical correlations
for bed porosity have been reported [2,13]. Since these
correlations presented for bed porosity without biofilm
in the fluidized bed reactor, it is different from that of
a TFBBR. In a TFBBR the changes of particle density
and size due to the biofilm growth causes the change of
settling velocity of bioparticles and bed height of the
reactor. Thus the change of settling velocity due to the
biofilm growth should included in the correlation for
bed porosity of a TFBBR.

The correlation developed by Dakshinamurty et al.
[14] is used to express the bed porosity of a TFBBR.

U .41 U 0.08
elg=2.12(ﬁ) (%) N, < 500 (10)

where Uy, Up and U, are superficial liquid velocity,
superficial gas velocity and terminal velocity of liquid,
respectively, and nis liquid viscosity and o is surface
tension of liquid. Terminal velocity can be expressed
with drag coefficient, Cp.

_ [ Ale,— e)gD, 1
Uﬁ[ o an
where o, and o are density of bioparticle and liguid,
respectively. D, is the bioparticle diameter. Since the
range of Reynolds number, Ng., in 2a TFBBR is expressed
with the Stoke’s law, the correlation of drag coefficient
for the spherical bioparticle is as follows [7].

Cp = 36.66N g5 (12)

Bioparticle density can be calculated with the follow-
ing equation.

e RIS ) I

where pn and pwe are densities of media and wet
hiofilm, respectively. Thus biomass concentration in
Eq. 9 can be calculated by combination of Eqgs. 10-13.
Biomass concentration is a function of the charac-
teristic parameters of a TFBBR such as the superficial
velocity of gas and liquid, density of biofilm, and media
size, By controlling the superficial velocity of gas and
liquid, density of biofilm and media size, the desired
bicmass concentration can be ohtained.

Hydraulic Model

A conventional reactor hydraulic model of a three
phase fluidized bed (TFB) has been developed with
several assumptions [15-17]. In the development of a
TFBBR model, the following assumptions are used to
simplify the model; (1} no gradient of radial direction
in the gas and liquid phase, (2) no oxyzenation reaction
in the liquid phase, (3) pseudo steady state condition,
(4) no wake formation in the fluid phase. According to
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the above assumptions, the mass balances for oxygen
can be formulated as follows.

For the liquid phase,

dfp 49y 46~ iC )_

dz (Ezlé‘] dz ) UI dz +klag(M Cl (14)
ka{C,—Co=0

The associated boundary conditions are

C]:Ch-E—EZ]% at z=(
ac _ _
dz =) at z=H

where z is axial position; E» is axial dispersion
coefficient; = is liquid porosity, k; is mass transfer
coefficient between gas and liquid phase; a_ is average
interfacial area of gas bubble per unit volume of
reactor; M is Henry constant; ks mass transfer coef-
ficient between liquid and solid phase; a, is average
interfacial area of solid per unit volume of reactor. Cj,
C;s and G, are concentration of gas phase, solid phase
and liquid phase at inlet position, respectively.

For the solid phase,
ksas(cl_cs)—Rv:O (15)

For the gas phase,

d -
U, dczg +k, ag(%—cl):o (16)
The associated boundary condition is
C,=C, atz=0

where Cy are concentration of gas phase at inlet
position.

Combining Eqs. 14 and 15 gives

dC dc —(C
%(Ez]é‘lﬁl‘)—ljl—d?l +k, ag(ﬁgmcl)——R\,zo (17}

Oxygen uptake rate per reactor vohume, Ry, is derived
by Egs. 7-9.

Ry = 7ok, x=3.012{ ppa e ) D% 5 p_o CIE( —&)
= Qe L)
where @=3.012(p,, k)" D25 0% and  e,= (1~ ¢,).
Eq. 18 is substituted into Eq. 17.

dC dC -G,
dr (et U G v E S

— Qe Ll =0

(19)

In dimensionless form, Eqs. 17-19 are reduced to

4 (1 dT\_dC | pam om0k
da(Pede) G0 THBG-C)—wC =0 (20)
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and Peclet number is defined as Pe= —E—"—
zl
The boundary conditions become [16,18]
_=_14dC _
1=0C Pedd at 4=10
|-G (22)
dac _ _
a5 =" at @=1 {(23)

In Eqs. 20 and 22, the axial dispersion coefficient is
changed along the bed height because particle size
distribution occurs along the bed height due to the
biofilm prowth that causes the change of particle
density. The axial dispersion coefficient is correlated
with Pe number. El-Temtany [20] reported the modi-
fied Pe number that accounts the change of axial
dispersion coefficient in two phase {luidized bed. In a
TFBBR, Pe number reported by El-Temtany [20]
should be modified to represent the presence of the
distribution of biofilm mass along the bed height. The
modified Pe number should include the thickness of
biofilm and density of bioparticle in order to account of
the phenomenon in which large bioparticles exist in
the upper zone in a TFBBR, which is different from
that of a fluidized bed without biofilm. The modified
Pe that accounts the thickness of biofilm and density
of bioparticle is proposed as

b
. — D,
Pe=aNg. ;' DTusﬁ( pspLﬂL) (D]ln) (24)

where a, b, ¢ are unknown parameters; Ngep 1s Rey-
nolds number related with particle; Dr is the bed
diameter; gs1s the density of particle; pristhe density
of liquid; Dy, is the diameter of media.

RESULTS AND DISCUSSION
Validation of Model

All parameters were known from the experiments [3,
20,21] except a, b and ¢. The experimental data {3], G
vs. height, is compared to the model predictions by
choosing parameter a, b and c that give best fit of the
model to the data in a TFBBR. A nonlinear parameter
estimation package, Nonlinear Parameter Estimation
Package (NONLIN), is used [22] and this employs a
weighting factor for the residuals proportional C so
that the information near the end of bed height is
highlighted while Egs. 8-13 and Eqgs. 18-24 were solved
simultanecusly with finite difference method [23]1.

In a TFBER experiment to remove organic carbon in
wastewater treatment were performed and oxygen
concentration profile along the bed height was
obtained as shown in Fig. 2 [3]. The model results with
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Fig. 2. Experimental and theoretical results for the
dissolved oxygen concentration in a TFBER.

Table 1. Experimental values in simulation {All values
except Do and x, are in reference [3], De and ks are in
reference [20] and |21], respectively

Ca 2,795 % 10" Uy 1.06

C, 1.397 %10 U 0.5036
D 1.5 1¢° O 0.03
Dy 9.4 o 1.0

H 75 Om 1.7
kia 1.87<10 Ko 162107
. 0 043 " 0.9% 107

the estimates are shown as the smooth, and solid
curves in Fig. 2. It can be seen that the model is quite
consistent over the whole bed height and is able to
approximate all experimental data fairly well. The
experimental data shown were used for parameter
estimation in subroutines of a program. The estimated
values of parameters, a, b and ¢, are 0.0625, 0.5 and
-1.14, respectively.

Fig. 2 shows that constant oxygen concentration is
observed as constant in the upper part of bed and
oxygen concentration gradually decreases in the low
part of bed. The reason for this result may be that
oxygen uptake rate in bioparticle and oxygen transfer
rate from gas phase decrease, and axial dispersion
coefficient in liquid phase increases due to the exis-
tence of distribution of size and number of bioparticle
along bed height. The size- and number-distribution of
bioparticle along the bed height are induced by biofilm
growth. Bioparticles with thick biofilm are in upper
zone of bed and those with thin biofilm are in lower
part of bed because the density of bioparticle is
reduced as biofilm grows. The increase of biofilm
thickness along bed height makes the number of
hioparticle to decrease, oxygen uptake rate per unit
reactor volume to be reduced and axial dispersion
coefficient to increase along bed height. Thus axial
dispersion coefficient becomes larger at upper zone of
bed compared with at lower zone of bed. The proposed
mathematical model can predict the change of biomass
concentration and oxygen concentration along bed
height with the account of the size- and number-
distribution of bioparticle in the bed.

Simulation to Investigate the Effect of Opera-
ting Parameters

The proposed model for a TFBBR can describe the
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Fig. 3. Effect of sperficial gas velocity on (a) the dissalved
oxygen concentration and (b) biomass concentration.

hydrodynamic characteristics in addition to the oxy-
gen utilization rate. The performance of a TFBBR can
be evaluated using the proposed model for the oxygen
uptake rate and biomass concentration which are
directly related with eliminated COD amount of the
organic removal in wastewater treatment. The perfor-
mance of a TFBBR is influenced by operating parame-
ters such as the relative superficial velocities of gas
and liquid, media size and density that affect the bed
porosity and expanded bed height. The effect of change
of the operating parameters on dissolved oxygen con-
centration and biomass concentration are simulated
using the model,

Fig. 3 shows that the change of the superficial gas
velocity affects the dissolved oxygen concentration in
liquid phase and biomass concentration. It is observed
that oxygen transfer rate from the gas phase increased
slightly as superficial gas velocity increases because
mass transfer coefficient and the oxygen concentration
in gas phase is strongly related to superficial gas
velocity. Biomass concentration decreases slightly as
superficial gas velocity increases since solid porosity is
a function of superficial gas velocity and decreases
slightly as superficial gas velocity increases.

The dissolved oxygen concentration and hiomass
concentration are more affected by superficial liquid
velocity than that by superficial gas velocity ag shown
in Fig. 4. As superficial liquid velocity increases, the
contact time to be required for microbes to use up
dissolved oxygen in liquid phase decreases. Thus the
increase of superficial liquid velocity causes the profile
of dissolved oxygen concentration to be up. Biomass
concentration i strongly affected by liquid superficial
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Fig. 4. Effect of sperficial liquid velocity on (a) the dissolved
oxygen concentration and (b} biomass concentration.
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Fig. 5. Effect of media size on () the dissolved oxygen concen-
tration and (b) biomass concentration.
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Fig. 6. Bifect of media density on (a) the dissolved oxygen
concentration and (b) biomass concentration.

velocity because solid porosity is more affected by
superficial liquid velocity than by superficial gas veloe-
ity. Thus in the operation of TFBBR the superficial
liquid velocity should be maintained at the minimum
fluidization velocity at which the fluidization of solid
particles occurs by upflow of liquid.

The effect of media size on the performance of a
TFBBR is shown in Fig. 5. It is found that biomass
coneentration increases as media size increases, which
canses the dissolved oxygen concentration to decreases.
The settling velocity of bioparticle increases due to the
increase of media size and thus most bioparticles
exists in the lower zone of bed. In the lower zone of
bed, biomass concentration significantly increases by
the change of media size that cause the existence of the
large number of bioparticle. However, in the upper
zone, hiomass concentration with larger media is not
largely different from that with smaller media. Biomass
concentration decreases as media size decreaseg, which
results in the decrease of oxygen uptake by biomass
and excessive bed expansion.

The impact of media density on the performance of &
TFBER is shown in Fig. 6. It presents that bed
expansion is lessened by the increase of media density
at given superficial liquid velocity and use of heavier
media yields a higher biomass concentration in a
TFBBR. The reason of this result is that the settling
velocity of bioparticle with heavier media is higher
than that with lighter media. Dissolved oxygen concen-
tration decreases as media density increases since the
amount of oxygen uptake per unit reactor volume
increases due to the higher biomass concentration.

Bivtechnol. Bioprocess Eng. 1999, Vol. 4, No. 1
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Fig. 7. Effects of superficial velocity of liquid and gas on the
removal efficiency of a TFBBR.

The use of heavier media allows a TFBBR to have the
high removal efficiency of COD. However, higher energy
requirement and other operating problems occur for
the fluidization of heavy media, so that the advantages
with heavy media must be considered with several
problems.

Removal Efficiency of COD

The removal efficiency of organic pollutants can be
caleulated with total oxygen mass consumed that is
obtained from oxygen uptake rate and biomass con-
centration. The ratio of COD removal to oxygen
congumption is expressed as [7].

COD elimninated _ 3.4
05 consumed :

The effects of superficial velocities of liquid and gas
on remaoval efficiency are represented at given opera-
ting condition as shown in Fig. 7. The removal
efficiency is nearly constant or slightly decreases as
superficial liquid velocity increases. The reason is that
dissolved oxygen concentration increases as superficial
velocity of liquid increases, which reduces bilomass
concentration and contact time between liquid and
bicfilm as shown in Fig. 5. Thus total oxygen consump-
tion amount is nearly constant due to the counter
effect hetween dissolved oxygen concentration and
biomass concentration. At high superficial liquid
veloeity the dissolved oxygen concentration increases
glightly, and biomass concentration and contact time
decreases at the same degree, so that removal effi-
ciency is low at all range of superficial gas velocity. The
removal efficiency is strongly related to superficial gas
velocity as shown in Fig. 7. The efficiency increases as
superficial gas velocity increases. The reason is that
mass transfer coefficient is a function of superficial
gas velocity, so that more amount of oxygen from the
gas phase is transferred to the liquid phase as super-
ficial gas velocity increases. However the contact time
between liquid and biofilm is nearly the same at any
superficial gas velocity since the fluidization of
bioparticle is mainly done by upflow of liquid.
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NOMENCLATURE
a : Parameter in Eq. 1 [-]
a : Average interfacial area per unit volume of

reactor [cm“l]

: Parameter in Eq. 1 [-]

: Parameter in Eq. 1 -]

: Oxygen concentration [gcm”’]

: Oxygen concentration in the liquid phase
[g cm”®]

: Dimensionless oxygen concentration in the
liquid phase [-]

: Drag coefficient -]

: Diameter [cm]

: Effectwe diffustvity of oxygen in the biofilm
[em*/sec]

: Axial dispersion coefficient [em?/sec]

: Dimensionless oxygen concentration in the gas
phase [-]

: Expanded bed height [cm]

- Mass transfer coefficient [cm*/sec]

: Henry constant [-]

oleLtE=)

E‘PUQ @]

=

: Reynolds number, ‘D"‘O“ -]

g?: ﬂggwm ol

: Reynolds number of medla ]DmP| [-]

P. :Peclet number, UﬁD" [-]

Ry : Observed oxygen converswn rate per unit
TFRBR volume {g/em’sec]

r : Radial distance {cm]

rog : Oxygen consumption rate [g/cm sec]

U :Superficial phase velocity [cm/sec]

T :Terminal settling velocity of bioparticle
[emfsec]

Yoz : Yield of biomass upon oxygen [-]

Greek symbols

. k 1 dl‘i
T [
g c M

: Radial distance at which the oxygen concen-
tration ceases [em]
g : Porosity [-]
T : Effectiveness factor for intrinsic zero order
reaction [-]
g : imensionless length [-]

¥y : Intrinsic zero order rate constant for oxygen
[sec]
. k] aHCI,
A T, U
! : Viscosity of the liquid phase [-]
i+ Maximum growth rate [sec™t]
o : Density [g/em®]
& : Surface tension [g/cm]
@ 30120 ) "D P 70
¥ : Biomass concentration [giem’]
CI} :@EIICI]OW{]
Subscripts

bd : Dry biofilm
bw : Wet biofilm
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: Gas phase

: Inlet value

: Liquid phase

: Liquid and gas phase
: Media

: Particle

: Solid phase

: Total bed

ST g
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